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The use of one-dimensional reactor models to simulate industrial steam cracking reactors has been one of the main lim-
iting factors for the development of new reactor designs and the evaluation of existing three-dimensional (3-D) reactor
configurations. Therefore, a 3-D computational fluid dynamics approach is proposed in which the detailed free-radical
chemistry is for the first time accounted for. As a demonstration case, the application of longitudinally and helicoidally
finned tubes as steam cracking reactors was investigated under industrially relevant conditions. After experimental vali-
dation of the modeling approach, a comprehensive parametric study allowed to identify optimal values of the fin param-
eters, that is, fin height, number of fins, and helix angle to maximize heat transfer. Reactive simulations of an industrial
Millisecond propane cracker were performed for four distinct finned reactors using a reaction network of 26 species
and 203 elementary reactions. The start-of-run tube metal skin temperatures could be reduced by up to 50 K compared
to conventionally applied tubular reactors when applying optimal fin parameters. Implementation of a validated coking
model for light feedstocks shows that coking rates are reduced up to 50%. However, the increased friction and inner
surface area lead to pressure drops higher by a factor from 1.22 to 1.66 causing minor but significant shifts in light ole-
fin selectivity. For the optimized helicoidally finned reactor the ethene selectivity dropped, whereas propene and 1,3-
butadiene selectivity increased with a similar amount. The presented methodology can be applied in a straightforward
way to other 3-D reactor designs and can be extended to more complex feedstocks such as naphtha. © 2013 American
Institute of Chemical Engineers AIChE J, 60: 794-808, 2014

Keywords: steam cracking, computational fluid dynamics, olefins, coke formation, finned reactor, enhanced heat transfer

Introduction cross-sectional area and leads to an increasing reactor pres-
sure drop over time. The latter promotes bimolecular reac-
tions over monomolecular reactions, resulting in a loss of
olefin selectivity.4 Moreover, this coke layer is highly insu-
lating, increasing the conductive resistance for heat transfer
from the furnace to the process gas. To maintain the same
cracking severity, this increased heat-transfer resistance is
compensated by increasing the fuel input to the furnace
burners. This leads to higher reactor tube skin temperatures
(TMT). Eventually, either metallurgical constraints of the
reactor alloy or an excessive pressure drop over the reactor
will force the operators to cease production and decoke the
reactors. Typically, this will require production to be halted
for 48 h, having a considerable adverse effect on the eco-
nomics of the process.

In light of this energetic and economic drawback, many
efforts have been made toward the development of technolo-
gies to reduce coke formation. These technologies can be
divided in three groups: the use of additives, the use of sur-
face technologies, and three-dimensional (3-D) reactor config-
urations for heat-transfer enhancement. As additives, mainly
sulfur containing components5 are used. Although a general
consensus exists on the beneficial effect for the suppression of
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tradictory.”” For metal surface technologies, low-coking
© 2013 American Institute of Chemical Engineers alloys® and (catalytic) coatings’™'? are typically studied.

Steam cracking of hydrocarbons is the predominant com-
mercial process for producing many platform chemicals
such as light olefins (i.e., ethene, propene, and butadiene)
and aromatics (i.e., benzene, toluene, and xylenes). These
platform chemicals are the building blocks for most poly-
mers and the starting molecules for the production of many
additives, solvents, and other high-value chemicals. The
process is one of the most energy-intensive processes in
the chemical industry using about 8% of the industry’s pri-
mary energy consumption.! This is mainly associated with
the energy consumed in the separation section, in which
temperatures lower than 160 K can be encountered.” How-
ever, also in the furnace considerable energy efficiency
improvements are possible. Per ton high-value chemicals
approximately 1 ton of CO, is produced and depending on
the cracker’s design and feedstock 10-15 GJ energy is con-
sumed.'” A major factor for the process energy efficiency
is the formation of coke on the inner wall of the tubular
cracking reactors. This carbonaceous coke layer reduces the
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In this work, the focus is on the third group, that is, the
application of 3-D reactor configurations. By means of
improved heat transfer, lower temperatures at the coke-gas
interface, and thus lower coking rates are obtained compared
to conventional tubular reactors. Alternatively, the reactor
throughput and the furnace fuel flow rate could be increased
while maintaining the TMT. One such 3-D reactor configura-
tion is the use of longitudinal or helicoidal fins on the reac-
tor tube inner surface, allowing improved heat transfer
mainly because of an increased internal surface area.

Although the literature on this topic for heat exchanger
applications is extensive,'>™'> the characteristics of the flow
inside finned tubes are still not well understood due to the
limited availability of accurate experimental data.'”> Water
flow visualization studies indicate the existence of different
regimes, depending on the angle between the fins and the
tube axis.'*'® For helix angles smaller than 30° and for rela-
tively tall and few fins, a rotational pattern dominates as the
flow follows the space in between the fins and swirling flow,
that is, flow with a large azimuthal velocity component, is
established. However, when using larger helix angles the
flow is seen to be prone to coring, that is, the main portion
of the flow is constrained to the core of the tube, with possi-
ble relaminarization between the fins. A number of correla-
tions for the Nusselt numbers and friction factors of these
tubes have already been proposed, but none of these are
valid over the entire range of fin dimensions and Reynolds
numbers."

Although in heat exchangers a wide variety of fin shapes is
used, the fins typically applied in pyrolysis reactors are
rounded fins with a smooth concave—convex structure in
order to avoid flow separation and possible local hot spots
for coke formation. Figure 1 shows the cross section of the
adopted tubes. The geometric parameters are the tube
outer diameter OD, the maximum inner diameter D, the fin
height e, the minimum metal thickness ¢, and the fin width w.
The curvature of the fins is determined by two touching
circles as shown in dashed lines in Figure 1. Only four
parameters can be chosen independently. Typically, the tube
outer and maximum inner diameter, the fin height, and the
number of fins are chosen. In longitudinally finned tubes,

Figure 1. Part of the cross-section of a finned tube;
OD: outer diameter, D: inner diameter, w: fin
width, e: fin height, and t: minimum metal
thickness.
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the cross section is extruded along the tube centerline, that is,
the fins are parallel to the tube centerline. In helicoidally
finned tubes, the fins are extruded along a helix. Hence, for
helicoidally finned tubes an additional geometric parameter can
be chosen, that is, the helix angle. This helix angle corresponds
to the angle between the helicoidal fins and the tube centerline.

A study by Brown on these geometries indicated that the
heat transfer improvement for longitudinally finned tubes fol-
lows a linear relationship with the surface area increase.'’
Albano et al. compared a longitudinally and helicoidally
finned tube by performing air flow experiments through a
heated tube.'® The Colburn j-factors for the longitudinally
and helicoidally finned tubes were found to be, respectively,
20 and 40% lower than for bare tubes. However, this loss
was offset by a 44% increase in internal surface area com-
pared to an equivalent bare tube, that is, a bare tube with the
same cross-sectional surface area. The better performance of
the longitudinally finned compared to the helicoidally finned
tubes was attributed to a greater tendency of the air to
bypass the fins in the latter. Pressure drops were measured to
be higher for the helicoidally finned tubes compared to lon-
gitudinally finned tubes. The latter was confirmed by the
simulation results obtained by De Saegher et al.'’ for an
industrial propane cracking reactor. In contrast to Albano
et al., these authors simulated a higher heat-transfer coeffi-
cient for the helicoidally finned tube compared to the corre-
sponding longitudinally finned tube. This was attributed to
more intense mixing and reduced radial temperature gra-
dients in the helicoidally finned tubes. The accuracy of the
results of De Saegher et al.'” can be debated because of the
adopted coarse computational grid and the first-order discre-
tization schemes that were used due to much lower computa-
tional capabilities. A recent patent by Higuchi et al.>° covers
a slightly different geometry where the fins cover only part
of the tube perimeter with bare spaces in-between. Based on
computational fluid dynamics (CFD) simulations of air flow,
favorable ranges for the fin dimensions were determined.
The optimal helix angle was found to be around 25-30°,
whereas the optimal fin height-to-diameter ratio was deter-
mined to be between 0.1 and 0.2. Increasing the fin height-
to-width ratio was found to be favorable as more intense
heating was achieved. An upper limit of 0.7 was determined
based on the limitations of the fin welding process and prac-
tical implications, for example, plugging of the reactor dur-
ing decoking operation by spalled cokes. Wolpert et al.?!
also recently proposed helicoidally finned tubes with a lower
fin height than the aforementioned references. The authors
state that this allows the generation of swirling flow in the
immediate vicinity of the fins and that this swirling flow
spreads to the tube core.

The above clearly shows that in order to properly assess
the full potential of finned reactors, the influence of each of
the geometric parameters needs to be investigated systemati-
cally. To the authors’ knowledge, this has not been done
before. More importantly the availability of a reliable simu-
lation model for 3-D reactor geometries in which the free-
radical gas-phase chemistry is accounted for next to coke
formation and fluid dynamics would open the door for a
more rapid evaluation of new and existing 3-D reactor
designs. Although many efforts have been made toward the
accurate CFD simulation of the fire-side of steam cracking
units,?>! the literature on CFD simulations of the reactor-
side is limited.'”?”?*2! Besides the work of De Saegher
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et al.,'” all aforementioned references use highly simplified
global reaction networks. Only detailed free-radical reaction
networks capture the essential chemistry to allow a trustwor-
thy prediction of the effect of reactor configuration on prod-
uct yields. As mentioned before the simulations of De
Saegher et al.'"> were performed on a coarse computational
grid and adopted first-order discretization schemes. To the
authors’ knowledge, no grid-independent simulations of
steam cracking reactors with higher-order discretization
schemes and a free-radical reaction network have been pub-
lished. Therefore, in this work, the Reynolds-averaged Nav-
ier—Stokes approach is combined with such a detailed single-
event microkinetic model. The first step is the validation of
the CFD model using available experimental data. Second,
the potential of the application of internally finned tubes in
steam crackers is assessed by performing a comprehensive
nonreactive parametric CFD study providing guidelines for
optimal design. Finally, optimal designs are evaluated in an
industrial propane cracking Millisecond furnace. The effect
of the selected 3-D reactor geometries on product selectiv-
ities and coking tendency is evaluated. The results are vali-
dated with industrial data from a Millisecond furnace
operated under similar conditions.

CFD Model Set-Up
Governing equations

For a steady-state 3-D simulation of compressible reactive
gas flow, the governing equations are the following
* Global continuity equation

V(pii) =0 (1)

 Navier—Stokes equations
V - (pui)=—Vp+V -7 2)

 Energy equation

V- (L_l(pE'l‘p)):V . (keff VT—- Zh,-.[,—) +Sh 3)

« Species continuity equations
V - (piiY;)=—V -J;+R; , Vi=1,nspec —1 4)

In these equations J; is the diffusion flux of species i, includ-
ing contributions from both the laminar and turbulent diffu-
sivity as well as the thermal (Soret) diffusivity. Sy, is the heat
of reaction, Y; the mass fraction of species i, R; the net rate of
production of species i, and nspec the number of species. The
performed simulations showed that in future work the laminar
and thermal diffusivity do not need to be explicitly accounted
for because the turbulent diffusion is always at least two
orders of magnitude greater than the sum of both.

Turbulence modeling

The flow properties are Reynolds-decomposed to a steady
mean value and a fluctuating turbulent contribution. This
generates an additional stress tensor, characterizing the trans-
fer of momentum by turbulence, the so-called Reynolds
stresses: t;;=— puju;. Closure for these additional unknowns
was provided by use of the Boussinesq approximation,
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expressing the Reynolds stresses in terms of the mean veloc-
ities. If the transport of momentum is assumed to be a diffu-
sive process, an eddy viscosity can be introduced, analog to
the molecular viscosity. One of the most widely applied
models for determining this eddy viscosity is the standard k-
¢ model, where two additional transport equations are solved
for the turbulent kinetic energy k and the energy dissipation
rate ¢, respectively. For swirling flow, results can be further
improved by use of the k-¢ renormalization group (RNG)
model as an extra source term is introduced to the dissipa-
tion equation in regions with large strain rate. Although at
the basis of some very successful models, the Boussinesq
approximation assumes isotropic eddy viscosity. Abandoning
this concept, the Reynolds stress model (RSM) solves six
additional transport equations for each of the components of
the symmetric Reynolds stress tensor, along with an equation
for the energy dissipation rate. Given the strong coupling
between these seven additional partial differential equations,
this makes computation much more expensive. As the RSM
can model flow characteristics resulting from anisotropy of
the Reynolds stresses, more accurate results are to be
expected in highly swirling flows.

In the present work, the k-¢ RNG model was used for the
bare tubes and for the tubes with longitudinal fins. For the
more complex, swirling flow inside the helicoidally finned
tubes the k-¢ RNG model was used for initial convergence.
In a second step, RSM was used because it gave a better
agreement with the experimental validation data discussed in
CFD Model Validation.

Boundary conditions

At the tube inlet the temperature, mass-flow rate, turbu-
lence parameters k and ¢, and the composition of the process
gas were imposed. The turbulence parameters were calcu-
lated for a turbulence intensity of 8% and a characteristic
length scale of 10% of the tube hydraulic diameter. At the
outlet of the tube, a constant pressure boundary condition
was set as the coil outlet pressure is a controlled process
condition in an industrial steam cracker. All other variables
were extrapolated from the integration field. The no-slip
boundary condition was set at the tube inner walls. To apply
this condition for highly turbulent flow, FLUENT’s enhanced
wall treatment was used to “bridge” the solution variables in
the near-wall cells. This model combines a two-layer model
with enhanced wall functions by blending linear and loga-
rithmic laws-of-the-wall. Validity of the use of a two-layer
model was ensured by placing computational cells within the
viscous sublayer, with the near-wall cells satisfying the y*© < 1
condition. The energy equation was solved by applying either
an adiabatic, isothermal boundary, or imposed heat-flux condi-
tion to the tube outer walls.

Chemistry model

Steam cracking of hydrocarbons mainly proceeds through
a free-radical mechanism, which is characterized by a vast
number of species and reactions.’>> The incorporation of
such detailed chemical networks is computationally expen-
sive.>® Hence, to limit computational cost, a network specifi-
cally geared at propane cracking was used by reducing the
full single-event microkinetic CRACKSIM model’’~? to its
relevant core for propane cracking. The final network con-
sisted of 203 reactions between 26 species, of which 13 radi-
cal species.
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The Reaction Mechanism Generator (RMG) Transport esti-
mator*® was used for predicting the Lennard-Jones character-
istic length and energy parameters.4l_54 These were then
applied in FLUENT’s kinetic theory method for calculation
of thermal conductivity and viscosity for each individual spe-
cies.*** Diffusion coefficients were quantified on this basis
as well by using a modification of the Chapman—Enskog for-
mula.** Finally, thermal diffusion was taken into account by
using an empirical composition-dependent form of the Soret
diffusion coefficient.*’ Properties of the multicomponent mix-
ture were calculated by ideal gas mixing laws.

Numerical model

The commercial CFD code ANSYS FLUENT 13.0 was
adopted to solve the governing equations. This general-
purpose CFD package uses the finite-volume method. Discre-
tization of all equations was achieved using the quadratic
upstream interpolation for convective kinetics scheme, com-
bining the strengths of both upwind and central differencing
schemes by using a three-point upstream quadratic interpola-
tion. Although an unbounded scheme, it was selected based
on the reported improved accuracy for rotating and swirling
flows compared to the second-order up-wind scheme.*® It can
be proven that the scheme is third-order accurate.***’ The
residual convergence criterion was set to 107° for all equa-
tions, only the energy and species equations were set lower to
10~°. Furthermore the inlet pressure, outlet temperature, and
species concentrations were monitored. The inlet pressure and
outlet temperature were seen to change less than 1 Pa and
0.05 K, respectively, over the last 50 iterations for all simula-
tions. The relative change over the last 50 iterations of all
species concentrations was seen to change less than 0.1%.

Computational grid

The computational grid was constructed from a two-
dimensional (2-D) triangular mesh which was extruded along
the axial coordinate. For the helicoidally finned tubes, a twist
vector was applied to obtain the correct helix angle. By sym-
metry considerations, the computational domain can be lim-
ited to one fin of the tube to reduce computational time.
Periodic boundary conditions are applied to allow flow
through the azimuthal boundaries in case of swirling flow. A
fine boundary layer near the tube inner wall is added to
ensure computational cells in the viscous sublayer having a
y" <1 as required by the enhanced wall treatment model.
Grid independence for the tubes adopted by Albano et al.'®
was achieved at a mesh density of approximately 5.105 and
3.105 cells/m for the fluid and metal volume, respectively.
Grid sizes in wall units*® for grid independence were seen to
be {RAO", Ay*, Az*}={50, 0.8—~50, 333}. These val-
ues were used as upper limits for all grids. These grids used
in the reactive simulations were further refined based on the
temperature gradient of the converged solution. The results
of this grid refinement are shown in Supporting Information.
No significant change in the results is seen by the grid refine-
ment. The grid independent mesh for the tubes adopted by
Albano et al.'® is shown in Figure 2.

CFD Model Validation

The CFD model was validated by comparison with the
experimental results obtained by Albano et al.'® By means of
an experimental setup capable of measuring pressure drop
and temperature along the axial coordinate, Albano et al.
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coupled wall
process gas

Figure 2. Grid independent mesh of a cross-section of
the tubes adopted by Albano et al.'®

evaluated the heating performance of a longitudinally and a
helicoidally finned tube. In their experimental setup, air flows
through a steam-heated finned tube containing four thermo-
couples to measure the temperature in the center of the tube
at different axial positions. As the air is being released to the
atmosphere, the pressure at which the inlet diaphragm pump
is operating indicates the pressure drop over the tube. For the
exact dimensions of the tubes, reference is made to the origi-
nal article of Albano et al.'®

The experiments with a longitudinally and a helicoidally
finned tube were performed at air mass-flow rates of 0.107
and 0.103 kg/s, respectively, which correspond to an inlet
Reynolds number of approximately 230 X 10°. It is impor-
tant to stress that the experiments did not involve a suffi-
ciently long inlet section to avoid entrance effects. In the
performed CFD simulations, a small inlet section of 0.2-m
length was included as the exact dimensions of the experi-
mental inlet section are unknown. Furthermore, the tempera-
tures measured on the outside of the tube were flawed due to
steam condensation, leaving only the inner wall temperatures
as reliable data. Hence, in the CFD simulations the inner
wall temperature profile was imposed without taking conduc-
tion through the metal into account. The latter implies that
the temperatures in the peaks and valleys were assumed to be
equal, whereas in reality they differed by 1-2 K. Air was
treated as an ideal gas with viscosity, specific heat capacity,
and thermal conductivity following a piecewise-linear tem-
perature dependence. The simulation results for pressure and
temperature are compared to experimental data in Figure 3
for the longitudinally and helicoidally finned tube.

Pressure drops were simulated accurately with relative errors
of 3.2 and 4.9% for the longitudinally and helicoidally finned
tube, respectively. Temperatures were underpredicted for both
tubes but it can be seen that the major difference lies in the
entrance region. As the experimental setup did not include a
sufficiently long adiabatic inlet section, the deviations near the
inlet can be explained by the development of turbulent phe-
nomena. Nevertheless, relative errors for the heat transfer were
limited to 4.6 and 7.6%, which can be considered satisfactory
given the experimental errors and the use of an azimuthally
uniform internal wall temperature profile in the simulations.

Parametric Study

The validated CFD model was used to study the effect of
the fin parameters on heat transfer and pressure drop through
nonreactive air flow simulations. The dimensions studied are
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Figure 3. Pressure [kPa] (left) and temperature [K] (right) as function of axial position [m] in the longitudinally
finned tube (top) at Re =233 x 10 and helicoidally finned tube (bottom) at Re =224 x 103 symbols,
experimental values from Albano et al.'®; B; lines, simulated values; —.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

close to the typical ranges of patent and scientific litera-
ture.'®2! However, the ranges studied in this work are
broader than those discussed in previous studies."®?! The
fins are distributed over the entire tube inner perimeter, that
is, there are no locations without fins. The computational
domain consisted of a 2-m long inlet section and a 4-m long
test tube. The inlet section was an adiabatic tube and was
used to provide fully developed flow at the test tube inlet.
Both pressure-drop and temperature simulations were per-
formed. In the former, the entire tube was simulated adiabati-
cally, whereas in the latter the outer wall temperature was set
to 373.15 K for the last 2 m of the test tube. The air inlet tem-
perature was set to 300 K. This study was carried out at two
flow rates (59.7 and 86.3 g/s), which corresponds to an inlet
Reynolds numbers of 90 X 10° and 130 X 10° respectively,
based on the equivalent diameter of the finned tubes, that is,
the diameter of a bare tube with the same cross-sectional sur-
face area, adopted by Albano et al."® The outlet pressure was
set to 101,325 Pa as in the experiments performed by Albano
et al.'"® In the following, results are given for the lowest inlet
Reynolds number unless stated differently.

Heat transfer was quantified by calculating a heat-transfer
coefficient based on the internal surface area of a bare tube
with the same equivalent inner diameter. This heat-transfer
coefficient was calculated based on the inlet and outlet tem-
peratures, from which the amount of energy absorbed by the
air can be calculated as follows

Qabs = d)mCP (Tg, out _Tg,in ) (5)

This same amount of absorbed energy can also be esti-
mated in heat transfer terms as
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Qubs =70 deg LU LMTD (©6)

By combination of Egs. 5 and 6, the global heat-transfer
coefficient based on the internal surface area of an equiva-
lent bare tube can be expressed as

d)m cp (Tg, out _Tg,in )

U degLn LMTD ™

All fluid properties like density, viscosity, thermal conduc-
tivity, and specific heat are evaluated at the average of their
values at the simulated mixing cup inlet and outlet
temperature.

Fin height

The influence of the fin height on pressure drop and the
heat-transfer coefficient was quantified by altering the fin
height-to-diameter ratio of the tube, e/D, between zero, that
is, a bare tube, and 0.196. Eight fins were adopted in all sim-
ulations. For the helicoidally finned tubes, a helix angle of
15.88° was used. The mass-flow rate and the cross-sectional
flow area were kept constant, that is, preserving space-time
if the gas density at the inlet is constant. It was chosen to
keep the minimum metal thickness ¢ fixed to a value of 7.0
X 107? m. In practice, this is done for structural stability.
This method allows a bare tube with the same equivalent
inner diameter to be used as a base case for all finned tubes.
The concept is visualized in Figure 4 where the prevalent
velocity (A) and temperature (B) fields at the tube outlet are
plotted for helicoidally finned tubes with different fin height.
The dimensions of the depicted tubes are summarized in
Table 1.
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Figure 4. Velocity [m/s] (left) and temperature [K] (right) at the outlet of helicoidally finned tubes with different fin
height; clockwise starting at top: F1, F2, F3, F4, F5, F6, F8 and bare, viz. Table 1.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

Figure 5 shows the heat-transfer coefficient and the pres-
sure drop normalized to the corresponding value of a bare
tube as a function of the wetted perimeter. Both types of
finned tubes offer substantial improvements in heat transfer.
For the longitudinal fins, the heat transfer improvements can
be assigned solely to the increase in internal surface area as
a linear relationship is observed between the heat-transfer
ratio and the wetted perimeter. However, this is not the case
for the helicoidally finned tubes. An enhanced cross-
sectional mixing can explain the local maximum of the heat-
transfer coefficient seen in Figure 5. To quantify this cross-
sectional mixing, a dimensionless mixing cup temperature
variance in a cross section, ®; is introduced

S on(t )

¢m, tot

@ =
! Tuve

®)

In this equation ¢,,; represents the mass-flow rate through
the computational cell i, T; the temperature of cell i and T,
the mixing cup temperature over all cells of the cross section.
Lower values of ®7 correspond to a more uniform tempera-
ture distribution in a cross section. Figure 6 shows this
dimensionless mixing-cup averaged temperature variance. For
all longitudinally finned tubes a lower uniformity is obtained
than for the bare tube. For helicoidally finned tubes, a more
uniform cross-sectional temperature profile is obtained at low
e/D ratios. Hence, better cross-mixing is established leading
to a higher heat-transfer coefficient at low e/D ratios. How-

ever, the lowest e¢/D ratios also offer the smallest increase in
internal surface area. The combination of these two opposing
effects explains the nonlinear behavior of the heat-transfer
coefficient as function of the wetted perimeter ratio for heli-
coidally finned tubes and that an optimal ratio of fin height-
to-diameter exists. The performed simulations for the helicoi-
dal fins indicate this value to be around 0.12. Tubes with an
e/D higher than 0.12 will offer additional heating improve-
ments but at the cost of a much higher pressure drop.

Helix angle

Helix angles ranging from 0° (longitudinal fins) to 48°
were studied. Two different fin height-to-diameter ratios of
0.037 and 0.147 were studied. Eight fins were adopted in all
simulations.

The pressure drop ratio and heat-transfer ratio compared
to a bare tube as function of the helix angle are shown in
Figure 7. These results indicate that larger helix angles
improve heat transfer. Indeed, at higher helix angles swirling
flow is induced providing better cross-sectional mixing. As a
result of the increased wall shear stresses, also higher pres-
sure drops are simulated. The upper limit of optimal helix
angle for the tall fins is in the range between 25 and 30°,
because increasing the helix angle further makes the pressure
drop increase strongly while gain in heat transfer remains
constant. These results correspond with the values proposed
by Higuchi et al.?° for a similar geometry. Alternatively, fins
with a reduced height can be used at higher helix angles as
they only result in a moderate pressure drop increase.

Table 1. Dimensions of Helicoidally Finned Tubes used in Fin Height Study

Tube ID F1 F2 F3 F4 F5 Fo6 F7 F8 Bare
Inner diameter D [10™> m] 39.0 36.8 36.0 35.3 34.6 33.9 33.2 32.6 31.6
Fin height e [1073 m] 7.6 54 4.6 3.9 32 2.5 1.8 1.2 -
e/D [-] 0.195 0.147 0.128 0.110 0.092 0.074 0.054 0.037 -
Number of fins [-] 8 8 8 8 8 8 8 8 0
Wetted perimeter ratio [-] 1.81 1.44 1.33 1.24 1.16 1.10 1.06 1.02 1.00
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Number of fins

Typically between 6 and 12 fins are used in finned steam
cracking reactors.'® The simulation results obtained for an
e/D ratio of 0.147 with finned tubes containing between
4 and 12 fins are shown in Figure 8. For the helicoidally
finned tubes, the helix angle was again 15.88°. A linear rela-
tion between the number of fins and pressure drop is
observed for both the longitudinally finned and helicoidally
finned tubes. However, the heat-transfer ratio increases only
up to 8-10 fins. For tubes with more than 10 fins, it was
seen that the flow inside the fin valley gets isolated from the
tube center leading to lower velocities. As soon as flow iso-
lation inside the fin occurs, an additional heat-transfer resist-
ance emerges due to the narrow passing from the fin valley
to the tube center. The simulations illustrate that the optimal
number of fins depends strongly on the chosen fin height,
which in this case results in an optimal value of 8-10 fins.
From these considerations, it can be assumed that the opti-
mal number of fins depends on the fin height, that is, for fins
with a small fin height-to-diameter ratio a higher number of
fins can be adopted.

Geometry optimization

The parametric study assessed the performance of finned
tubes for nonreactive air flow in terms of pressure drop and
heat transfer. It allows to formulate several guidelines toward
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Figure 6. Dimensionless mixing-cup weighted average
temperature variance [-], viz. Eq. 8 as func-
tion of wetted perimeter ratio [-] for longitu-
dinally finned; — and helicoidally finned; - - -
tubes; W bare tube.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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optimal steam cracking reactor design. Ideally low pressure
drops are combined with a high radial temperature uniform-
ity, giving rise to high light olefin selectivity and a reduced
coking tendency.*’ Hence, based on the results of the pre-
ceding parametric study, a design with a small fin height
seems potentially attractive because this allows to take maxi-
mal advantage of the lower pressure drops these fins induce.
In combination with a large value for the helix angle, this
could lead to a large increase in heat transfer by swirling
flow for a low pressure drop increase. In any case, a clear
trade-off between heat-transfer enhancement and additional
pressure drop needs to be made. This becomes clear from
Figure 9, in which all simulation data points acquired
throughout the parametric study are plotted. The relationship
between the relative heat transfer and relative pressure drop is
highly linear, but it is not obvious to assess the effect on prod-
uct selectivities and run length based on these data. Translat-
ing these guidelines to optimal fin height and number of fins
has allowed to define two optimal geometries that should sig-
nificantly outperform the previously studied tubes. The dimen-
sions of these optimized designs are summarized in Table 2.
Geometry “O1” has fins with an e/D ratio of 0.11. The helix
angle and number of fins were chosen at the optimal values
found in the parametric study for the taller fins, that is, 8-10
fins and a helix angle between 25 and 30°. For geometry
“02,” 24 small fins are combined with a high helix angle.
Both optimized geometries were found to offer increased heat-
ing characteristics as seen in Figure 9. Mainly at the highest
Reynolds number a better performance is simulated, that is,
for a given pressure drop the heat transfer is higher.

For application in steam cracking reactors, it can be con-
cluded that the optimal geometry will be largely dependent
on the process conditions, that is, mainly the Reynolds num-
ber. Furthermore, a trade-off between improved heat transfer
and increased pressure drop must be made, which depends
on the applied feedstock as changes in product selectivity
due to the higher pressure drop will differ for different feed-
stocks.* Hence, non-reactive experiments and simulations
can offer guidelines for design, but reactive CFD simulations
are necessary to assess the actual effect on product yields
and coking.

Reactive Simulations of an Industrial Propane
Cracker

Reactive simulations of one of the reactors in an industrial
Millisecond furnace were performed to assess the effect of
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finned reactors on product yields and coking tendency. Milli-
second furnaces operate at very high severity and a residence
time of approximately 0.1 s. Millisecond furnaces are designed
to achieve maximum ethene yield resulting in high operating
temperatures and very short run lengths, sometimes as short as
one week.

Process conditions and reactor configurations

A 100% pure propane feedstock was adopted. The hydro-
carbon and steam flow rate were set to 0.03292 and 0.01075
kg/s, respectively, resulting in a steam dilution 0.33. The reac-
tor inlet temperature was equal to 903.7 K, whereas the reactor
outlet pressure, that is, upstream of the transfer line exchanger,
was set to be 170 kPa, that is, the industrially applied value.

A coupled reactor-furnace simulation would require itera-
tion between reactor and furnace simulations and is at present
impossible due to too high computational cost. Therefore, a
heat-flux profile was set as boundary condition on the outer
wall of the reactor. This heat-flux profile was taken from a
furnace simulation where the boundary condition applied to
the outer wall of the reactor tubes was the industrially meas-
ured outer wall temperature profile. The adopted models in
the furnace simulation were similar to those of Hu et al.*

Four different reactor configurations were simulated. Their
dimensions are summarized in Table 3. First, a bare tube
(Bare) was simulated as a reference case. Second, an indus-
trially applied helicoidally finned reactor (Helix) was consid-
ered. The fin dimensions of this reactor are close to those of
the optimized geometry “O1,” viz. Table 2, of the parametric
study. Third, the same fin parameters were applied in simu-
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lating a reactor with longitudinal fins (Straight). Finally, a
tube with significantly smaller fins was simulated (Small-
Fins) corresponding to the optimized geometry “02.”

Results and Discussion

The computational grid was constructed by extruding a 2-
D mesh of 1/8th of the cross-section applying the required
twist vector for the helicoidally finned reactors. The grid
size in wall units was maintained at the values used through-
out the parametric study which were confirmed to provide
grid-independent results. This led to computational grids
consisting of 611 million cells.

Computation was performed on 32-core Dell C6145 com-
puting nodes with Advanced Micro Devices (AMD) Magny-
Cours Opteron 6136 processors and an Infiniband Double
QDR communications link. Total CPU time amounted to
around 25,000 h per simulation, that is, about 1 month of
clock time.

Figures 10A, B show the mixing cup temperature and
pressure as function of the axial position for the four reactor
configurations. Little differences between the process gas
temperature profiles are simulated as the same heat input,
reactor volume, and mass-flow rate are adopted. However,
the pressure drop varies drastically with SmallFins showing
the highest pressure drop. This higher pressure drop results
in a higher inlet density yielding small differences in resi-
dence time, calculated here as reactor volume divided by
volumetric inlet flow rate, as shown in Table 4.

Figure 11 shows the azimuthally area-averaged tube metal
skin temperature as function of axial position. The maximum
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Figure 8. Pressure drop ratio [-] (left) and heat-transfer ratio [-] (right) as function of number of fins [-] for longitu-
dinally finned; — and helicoidally finned; - - - tubes; at Re =90 x 103,

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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TMT occurs at around 3.5 m corresponding to the maximum
of the heat flux to the reactor. For the Bare reactor, the max-
imum temperature is 1334 K, which is close to the maxi-
mum allowable TMT of 1363 K. This is because the severity
of cracking is very high, that is, the coil outlet temperature
(COT) is above 1190 K. The maximum TMT is 29, 26, and
51 K lower than the Bare reactor for Helix, Straight, and
SmallFins, respectively. For Millisecond furnaces the maxi-
mum tube metal temperature is typically the limiting factor
for the run length. Hence, decreasing this temperature by
adopting finned tubes will significantly increase the reactor
run length.

Table 4 summarizes the most important process conditions,
product yields, and selectivities. For validation, data of an
industrial bare tube Millisecond reactor running with a crude
propane feedstock, that is, 95% pure propane or higher, under
similar, but not identical conditions have been added. Consid-
ering the accuracy of the industrial yield measurements, the
purity of the feed and accounting for the fact that the indus-
trial data are for a slightly lower cracking severity, the agree-
ment between the simulated Bare reactor and the industrial
data is reasonable. Comparing the four simulation cases some
small differences in COT are observed. These can be attrib-
uted to different reaction rates due to different pressure and
temperature fields in the four reactors. The coil inlet pressure
increases drastically with a factor 1.22 and 1.39 for the
Straight and Helix reactor, respectively. As expected from the
parametric study, the SmallFins reactor shows the highest
pressure drop. The propane conversion is slightly higher for
Helix and SmallFins, which can be attributed to a higher space
time. To limit the effect of differences in propane conversion,
comparison should be made on the basis of selectivities
expressed as product yield divided by propane conversion. As
bimolecular reactions are favored over monomolecular reac-
tions at higher pressure, the selectivity to light olefins pro-

Table 2. Dimensions of Optimal Tube Geometries

Tube ID o1 02
Inner diameter [10™> m] 35.34 31.32
Fin height [107° m] 3.89 1.15

Number of fins [-] 10 24

Helix angle [°] 28.7 44.1

Wetted perimeter ratio [-] 1.367 1.212

U ratio [-] for inlet Reynolds 1.31/1.33 1.53/1.43
number of 90 X 10°/130 X 10°

Pressure drop ratio [-] for inlet Reynolds 1.48/1.56 1.99/1.83

number of 90 X 10%130 X 10°
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duced by monomolecular beta scissions is reduced at higher
reactor pressure. This effect can be clearly seen in Table 4,
where the ethene selectivity decreases monotonically with
increasing pressure drop ratio. The effect is limited as ethene
selectivity only decreases by 0.56 wt %. However, given the
large scale of the steam cracking process, this difference is
economically significant. The selectivity to methane and 1,3-
butadiene is increased as these are formed by a series of bimo-
lecular reaction steps.

Surprisingly, the SmallFins reactor has the highest propene
selectivity although the conversion in this reactor is higher
than in all other reactors. Typically the propene yield
decreases with increasing conversion.’® A rate of production
analysis of the reaction mechanism reveals that propene is
primarily formed by C—H beta scissions of the 2-propyl rad-
ical while the addition reaction of the hydrogen radical to
propene results in the 1-propyl radical that further decom-
poses to ethene and methyl

_CQ. — \\ + H R1)
//_ +_H, HZC'—\ iHL LA ®)
2

As reported by Van Geem et al.* radial temperature gra-
dients strongly affect the radical concentrations and seem to
be very likely responsible for the higher propene selectivity.
To further assess the effect of conversion on selectivities, a
second simulation for the Bare reactor configuration was per-
formed at the same propane conversion of the SmallFins
reactor. To this end, the total heat input to the reactor was
increased with 0.8%. The results of this simulation are sum-
marized under Bare HighFlux in Table 4. Comparing these
results with the SmallFins simulation, it is clear that the
reduced ethene selectivity for the SmallFins reactor is com-
pletely balanced by the increased selectivity to propene and
1,3-butadiene as the total selectivity to valuable light olefins
is almost identical. Hence, application of optimal fin parame-
ters does not necessarily result in a loss of the total olefin
selectivity and, for example, during periods where propene
and 1,3-butadiene are more valuable than ethene be econom-
ically more attractive.

Figure 12A shows the azimuthally mixing-cup averaged
process gas temperature as a function of the radial position
at an axial position of 10.5 m, that is, near the reactor outlet.
As the reactor inner radii vary, the radial position is
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Table 3. Reactor Dimensions

Reactor ID Bare Helix Straight SmallFins
Reactor length [m] 10.556 10.556 10.556 10.556
Adiabatic inlet section [m] 0.444 0.444 0.444 0.444
Maximum inner diameter [10~> m] 30.2 34.8 34.8 31.3
Number of fins [-] - 8 8 24
Helix angle [°] - 15.7 - 33.1
Outer diameter [10™> m] 43.7 48.3 48.3 44.8
Metal thickness [10™% m)] 6.75 6.75 6.75 6.75
Fin height [107° m] - 438 438 1.15
Cross-sectional surface area [10™° m?] 715.7 7157 715.7 715.7
Cross-sectional perimeter [m] 0.0948 0.1315 0.1315 0.1150

normalized. The Bare reactor has a temperature difference
between centerline and innerwall equal to 95.6 K. This value
is in the same range as reported previously by Van Geem
et al.* using a 2-D model and De Saegher et al.'® using a 3-
D model, although for different reactors and/or feedstocks.
The temperature difference in comparison with Bare is 13.3,
6.9, and 21.4 K lower for the Helix, Straight, and SmallFins,
respectively. Due to the lower inner wall temperatures, the
finned reactors will yield lower coking rates. The small max-
imum seen at 0.013 m for Helix and at 0.014 m for Small-
Fins is a result of a zone with higher temperature in the
wake of the fins as was also seen in Figure 4. Figure 12B
shows the mixing cup propane yield as function of the radial
position at an axial position of 10.5 m. The profiles are nor-
malized to their respective value at the reactor centerline to
limit the effect of small differences in conversion. A relative
difference of up to 10% is simulated between the center of
the reactor and the reactor inner wall for the Bare reactor.
Surprisingly, a larger difference of 18% is observed for the
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Figure 10. Axial process gas temperature [K] (A) and
pressure [kPa] (B) mixing-cup averaged
over a cross section as function of axial
position [m].

[Color figure can be viewed in the online issue, which
is available at wileyonlinelibrary.com.]
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Straight reactor. This is attributed to the larger reactor maxi-
mum inner diameter compared to the Bare reactor and the
absence of enhanced mixing from swirling flow. The better
mixing in the Helix reactor reduces the nonuniformity
although still not making up completely for the larger reactor
inner diameter compared to the Bare reactor. The SmallFins
reactor benefits both from better mixing and a lower tube
diameter compared to Helix and Straight, yielding the most
uniform profile. Figure 12C shows the mixing cup hydrogen
radical yield as function of radial position at an axial posi-
tion of 10.5 m. The profiles are normalized to their respec-
tive value at the reactor centerline to limit the effect of
small differences in conversion. Comparing these profiles
with Figure 12B, it is clear that the hydrogen radical yield
shows a much steeper profile close to the reactor wall than
the propane yield. This comparison holds for all radicals and
molecules. The formation of radicals through C—C and
C—H scissions has a high activation energy, whereas the
activation energy of radical-consuming recombinations is
close to zero. Hence, the formation of radicals is favored at
high temperatures. The ranking of radical uniformity
between the reactors is, therefore, equal to the ranking of
temperature uniformity with Bare being the worst and Small-
fins performing best. Taking into account reactions R1 and
R2 as determining the propene selectivity, a higher hydrogen
concentration near the wall will result in lower propene
selectivity as reaction R2 is favored over R1. Higher radial
temperature uniformity results in a reduction of propene con-
suming reactions, leading to a higher propene selectivity.
Coke formation during steam cracking of hydrocarbons is a
complex process. Three distinct mechanisms have been pro-
posed.”! First, there is a catalytic phase in which the properties
of the reactor alloy are important. Afterward, a heterogeneous,
noncatalytic, so-called pyrolytic mechanism dominates. Coke
can also be formed through a homogeneous noncatalytic
mechanism in which high-molecular polyaromatics conden-
sate, collide with the coke surface and get incorporated in the
coke layer. In steam cracking reactors, most coke is formed
through the pyrolytic mechanism. The modeling of the coke
formation is, therefore, focused on the heterogeneous, noncata-
Lytic mechanism.>” In this mechanism, radical active sites are
formed on the coke layer by abstraction reactions by gas-
phase radicals followed by additions of gas-phase olefins, ter-
minations by radicals, cyclizations, and dehydrogenation.’
Hence, the coking rate is determined by the temperature and
both molecular and radical gas-phase concentrations near the
gas-cokes interface. As the time-scale for coke formation is
much smaller than for gas-phase reactions, a discrete approxi-
mation can be adopted. This means that coke formation can
be assumed constant in a certain time interval, typically 2448
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Table 4. Reactor Conditions, Product Yields, and Selectivities for the Four Reactor Configurations

Bare Straight Helix Small Fins Bare High Flux Bare Industrial®
Coil outlet temperature [K] 1190.9 1191.2 1193.5 1192.7 1192.8 -
Pressure drop [kPa] 29.13 35.68 40.49 48.42 28.92 -
Pressure drop ratio [-] 1.00 1.22 1.39 1.66 0.99 -
Propane conversion [-] 84.55 84.74 85.42 85.16 85.20 -
PJE ratio [wt %/wt %] 0.476 0.471 0.471 0.485 0.467 0.50
Residence time [s] 0.149 0.154 0.157 0.163 0.149 -
Product yields [wt %]
H, 1.52 1.51 1.51 1.49 1.53 -
CH,4 18.75 19.03 19.22 19.25 18.88 19
C,H, 1.03 1.05 1.06 0.98 1.08 -
C,Hy 38.31 38.39 38.58 38.11 38.67 36
C,Hg 3.65 3.59 3.58 3.46 3.69 3.5
C;3H, 1.20 1.24 1.26 1.22 1.25 -
CsHg 18.24 18.08 18.17 18.47 18.05 18
C5Hg 15.45 15.26 14.58 14.84 14.80 17
1,3-C4Hg 1.23 1.23 1.43 1.53 1.44 1.5
1-C4Hg 0.54 0.53 0.54 0.56 0.54 -
2-C4Hg 0.02 0.02 0.03 0.03 0.03 -
n-C4Hjo 0.02 0.02 0.02 0.02 0.02 -
Valuable light olefins” 57.78 57.70 58.18 58.11 58.15 55
Product selectivities [-]
H, 1.80 1.78 1.77 1.75 1.80 -
CH, 22.18 22.46 22.50 22.61 22.15 -
C,H, 1.21 1.24 1.24 1.15 1.27 -
C,Hy 45.31 4531 45.16 44.75 45.38 -
C,Hg 431 4.24 4.19 4.07 4.33 -
C;3Hy 1.42 1.47 1.48 1.43 1.47 -
CsHg 21.57 21.34 21.27 21.69 21.18 -
1,3-C4Hg 1.46 1.45 1.67 1.79 1.69 -
1-C4Hg 0.64 0.62 0.63 0.65 0.63 -
2-C4Hg 0.03 0.03 0.03 0.03 0.03 -
n-C4H;o 0.02 0.02 0.02 0.02 0.02 -
Valuable light olefins® 68.34 68.10 68.10 68.24 68.25 -

“Detailed feed composition not available.
®Valuable light olefins is the sum of ethene, propene, and 1,3-butadiene.

h is sufficient.”*>* From the performed simulations, the coking
rate at start-of-run conditions, can thus be calculated in a post-
processing step from the species concentrations and inner wall
temperature.

The semiempirical coking model of Plehiers was used.”*
The parameters in this model were fitted to experimental
data using a one-dimensional (1-D) plug flow reactor model
and it has shown to give reasonable agreement with both
pilot and industrial coking rates.”* The coking model of
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Figure 11. Azimuthally area-averaged tube metal skin
temperature [K] as function of axial position
[m].
[Color figure can be viewed in the online issue, which
is available at wileyonlinelibrary.com.]
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Plehiers considers only ethene and propene as coke precur-
sors. Given the typical species concentrations in a propane
cracker, these are indeed the main molecules adding to the
active radical sites on the coke layer. As the model kinetic
parameters were fitted to experimental data using a 1-D
model, the mixing cup ethene and propene concentrations
are used. However, the kinetic parameter estimation was per-
formed for the coke-gas interface temperature. Hence, the
inner wall temperature is used here, rather than the mixing
cup gas temperature.

Figure 13 shows the azimuthally area-averaged coking
rate as function of axial position for the four reactor configu-
rations. All profiles show two maxima; the first around 6 m
and the second at the reactor outlet. This shape can be
explained by considering the three contributions to the cok-
ing rate, that is, the inner wall temperature, the ethene con-
centration, and the propene concentration. The inner wall
temperature shows a similar profile as the outer wall temper-
ature profile shown in Figure 11 having a maximum around
an axial position of 4 m. The ethene and propene concentra-
tions are depicted in Figures 14A, B, respectively. The reac-
tors with the highest pressure drop obviously show the
highest concentrations due to a higher gas density. The
ethene concentration increases monotonically along the reac-
tor. The propene concentration has a maximum at 6 m.
Hence, the first maximum in coking rate at 6 m is a result of
the temperature and propene concentration maximum. The
maximum at the outlet results from the high ethene concen-
tration. Comparing SmallFins to Bare, coking rates are low-
ered by 48 and 27% at the first and second maximum,
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[Color figure can be viewed in the online issue, which
is available at wileyonlinelibrary.com.]

respectively. Hence, run length can be extended greatly by
application of finned tubes as a given reduction in the coking
rate results in a more than proportional increase of the run
length as shown by Wang et al”

Figure 15A shows the coking rate as a function of the rel-
ative fin arc length. This relative fin arc length is defined as
the running arc length from one fin top to the next divided
by the total arc length of one fin. This normalization is nec-
essary as the total fin arc length differs between SmallFins
on one side and Helix and Straight on the other. The shape
is a direct result of the nonuniform temperature at the reactor
inner wall shown in Figure 15B. The average inner wall
temperature for the Helix, Straight, and SmallFins reactor
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are 17.2, 16.8, and 18.5 K lower than the temperature of the
Bare reactor. The difference between minimum and maxi-
mum temperature is about 15 K for Helix and Straight,
whereas it is only 6 K for SmallFins. At a relative fin arc
length of 0.11, Helix shows a small local maximum. This is
again due to the higher temperature in the wake of the fin
also seen in Figure 4. The higher inner wall temperature in
the fin valley and resulting higher coke formation will lead
to a reduction of the fin height by cokes filling up the fin
valleys. This will be most pronounced for the Helix and
Straight reactor as the cokes in the fin valley grows about
30% faster compared to the cokes at the fin top. The more
uniform temperature profile for SmallFins results in a more
uniform growth of the coke layer. Here, the difference in
coking rate between fin top and valley is only 10%. Hence,

A 40
- _”’m’
m =
£ ==
2 3.0 &
= /f
]
£ 20/ /
o s
c
3
Bare
% 1.0 4 - Helix
5 —-—- - Straight
w — — — SmallFins
0.0 T T T T T
] 2 4 6 8 10
Axial position [m]
B 20

1.54

1.04

0.5 A

Propene concentration [mol/m?]

— — —- SmalFins

0.0

0 2 i [ 8 10
Axial position [m]

Figure 14. Ethene (A) and propene (B) concentration
[mol/m®] mixing-cup averaged over a
cross-section as function of axial position
[m].

[Color figure can be viewed in the online issue, which
is available at wileyonlinelibrary.com.]
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Figure 15. Coking rate [10~° kg/m?/s] (A) and inner
wall temperature [K] (B) as function of the
relative fin arc length (0: top; 0.5: valley; 1.0:
top) at an axial position of 10.5 m.

[Color figure can be viewed in the online issue, which
is available at wileyonlinelibrary.com.]

it is expected that the increased heat transfer due to the
finned structure will persist longer for SmallFins. The large
nonuniformity of the coking rate shows that azimuthally
averaging the coking rate for run length predictions of finned
reactors as typically done for bare reactors in 1-D and 2-D
reactor models can severely bias the results. For future work,
it is, therefore, advised to take the nonuniform buildup of
cokes over time into account in order to make realistic run
length predictions.

Conclusions

A 3-D reactor model was used for the simulation of inter-
nally finned steam cracking reactor tubes. The model agreed
well with the experimental validation data of Albano et al.'®
obtained with air. A parametric study optimizing the fin
parameters, that is, fin height, helix angle, and number of
fins, to maximize heat transfer revealed that the application
of small fins with a large helix angle leads to an overall
increase in heat transfer for a similar pressure drop. Two
optimized designs outperformed all other tube geometries of
the parametric study regarding heat transfer. These optimized
designs were compared with conventionally used bare reactor
tubes for an industrial Millisecond furnace. The reactive sim-
ulations with a detailed free-radical reaction mechanism of
203 reactions and 26 species showed that helicoidally finned
tubes performed better in comparison to longitudinally finned
tubes. Mainly the configuration with 24 small fins and a high
helix angle outperformed all other configurations in terms of
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heat transfer. The corresponding coking rates were found to
be 30-50% lower than for the bare tube depending on the fin
parameters, which will lead to improved run lengths. How-
ever, the large nonuniformity of the coking rates in the azi-
muthal coordinate could lead to local buildup of cokes over
time and could affect the performance. The calculated pres-
sure drop for the finned geometries is significantly higher,
especially for the helicoidally finned reactors. It was seen
that this can reduce the relative ethene selectivity by more
than 1%, whereas it increases selectivity to propene and 1,3-
butadiene. An economic trade-off for a specific unit, evaluat-
ing the effect of longer run length and shift in light olefin
selectivity, should determine the final decision of application
of finned reactors. The presented CFD simulations can pro-
vide data for such evaluations.
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Notation

Roman

A = tube cross-sectional area, m?
CFD = computational fluid dynamics
CIP = coil inlet pressure, Pa
COT = coil outlet temperature, K
¢, = heat capacity, J/kg/K
d = diameter, m
e = fin height, m
E = total energy, J
J = diffusional flux, kg/mz/s
k = turbulent kinetic energy, m%/s*
L = axial length, m
LMTD = log-mean temperature difference, K
N = number of fins
nspec = number of species
OD = tube outer diameter, m
p = Pressure, Pa abs
QUICK = quadratic upstream interpolation for convective kinetics
Re = Reynolds number
RNG = renormalization group model
RSM = Reynolds stress model
= heat of reaction, J/kg/s
= temperature, K
t = metal thickness, m
TMT = tube skin temperature, K

U = heat-transfer coefficient
u = velocity, m/s
y* = dimensionless wall distance
Ay* = radial grid spacing in wall units
Y = mass fraction, kg/kg
Az" = axial grid spacing in wall units

Greek letters

¢ = turbulent dissipation rate, m?/s’
AO" = azimuthal grid spacing in wall units

p = density, kg/m’

¢ = mass-flow rate, kg/s

T = stress tensor, Pa
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Superscript
t = turbulent

Subscript
eff = effective
h = heat
in = inlet
out = outlet

eq = equivalent, that is, from a disk with the same surface area
abs = absorbed

h = heated

tot = total

avg = mixing cup averaged
m = mass
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